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Abstract

A comparative analysis is made for a trickle-bed reactor, a packed-bubble column, a three-phase fluidized bed and a
slurry-bubble column with an active and moderately deactivating catalyst for the wet oxidation at high pressure and temperature
of organic-containing aqueous wastes. Compared to other mature industrial sectors where multiphase reactors are prevalent,
the design of three-phase catalytic reactors for wet air oxidation processes is still at an emerging stage. This paper discusses,
from a multiphase reactor engineering perspective, the design of such contactors by setting an exhaustive modeling framework
of catalytic wet oxidation in which the molecular, particle and reactor scales are integrated. The simulation results indicate
that when wet oxidation is liquid-reactant limited, packed-bubble columns outperform trickle beds, whereas slurry-bubble
columns are the most vulnerable to “coke” deactivation. © 2001 Elsevier Science B.V. All rights reserved.
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1. Introduction atom utilization from the raw materials to the final
products [1,2]. In addition, it is vital to develop highly
Water is becoming an increasingly coveted com- efficient processes capable of destroying hazardous
modity so that regional and planetary policies are xenobiotic pollutants contained in non-compressible
being implemented for the safeguard and the parsi- waste effluents.
monious exploitation of water resources. However, Agueous wastes having an organic pollutant load
the management of toxic and hazardous wastewa-in the range of few hundred to few thousand parts
ters streams is still a perennial problem. Due to the per million are too dilute to incinerate, yet too toxic
reinforcement of the regulations for quality control to bio-treat. Such wastes can be suitably dealt with
of effluents, the manufacturing industries have to by means of sub-critical (solid-) catalyzed wet oxida-
minimize their emissions of organic and inorganic tion (CWO). The recourse to solid catalysts offers a
wastes using efficient routes via the so-called “atom practical technological alternative to the conventional
economy” concept which consists in maximizing the non-catalytic or homogeneously catalyzed routes
[3,4] because not only can the treatment be carried
"+ Corresponding author. Tekt1-418-656-3566: out under _mL_lch milder c_onditions, but the catalyst
fax: +1-418-656-5993. may in principle be easily recovered, regenerated
E-mail addressflarachi@gch.ulaval.ca (F. Larachi). and reused. Laboratory tests reveal that CWO is so

0920-5861/01/$ — see front matter © 2001 Elsevier Science B.V. All rights reserved.
Pll: S0920-5861(00)00534-4



310

F. Larachi et al./Catalysis Today 64 (2001) 309-320

Nomenclature

as

external area of the particles per unit
reactor volume (m?)

concentration of lumg (kmol/m®)
j-component concentration in feed
stream (kmol/rd)

solids concentration (kg/f

average solids concentration (kgim
particle diameter (mmym)
j-component effective diffusivity (Ais)
liquid axial dispersion coefficient (f/s)
solids axial dispersion (ffs)

bed height (m)

lumped rate constants (mol/kg min)
adsorption equilibrium constants
(m3/kmol)

j-component liquid—solid mass transfer
coefficient (m/s)

mass transfer coefficient between
dynamic and stagnant liquid zones
radial position within catalyst

particle (m)

reaction rate (mol/min kg catalyst)
radius of catalyst particle (m)

time (s)

gas superficial velocity (m/s)

liquid superficial velocity (m/s)
minimum liquid fluidization

velocity (m/s)

superficial slurry velocity (m/s)
hindered settling velocity (m/s)
phenol conversion

longitudinal coordinate (m)

Greek letters

o

g
&
€p
Es
n

nd

Ne
Ns

deactivation function

gas holdup

liquid holdup

particle internal porosity

solid holdup

effectiveness factor

dynamic external wetting efficiency,
Nd = Ne®

external wetting efficiency

static external wetting efficiency,

ns = ne(1— @)

Os catalyst particle density (kgf

) fraction of dynamic liquidg = &%/&¢

Yo volumetric average liquid fraction in
the slurry

Subscripts

A phenolic carbon, A lump

B carbon of oxidation intermediates,
B lump

C carbon of fully mineralized
products, C lump

d dynamic
14 liquid
S solid, static

Superscripts
d dynamic

S static

* on catalyst surface
- average

o feed

versatile that wastewaters containing a broad spec-
trum of organic and/or inorganic pollutants including
carbon (C), oxygen (O), nitrogen (N), halogen (X),
sulfur (S) and phosphorus (P)-bearing molecules are
tackled efficiently.

CWO liquid-phase oxidation processes fall into the
category of gas—liquid—solid reactions and are still not
at a mature stage of development and technological
implementation [2]. Their multiphase character poses
many chemical reactor engineering and design chal-
lenges as the overall outcome of such processes de
pends in a complex manner on the inter-phase and
intra-particle heat and mass transport, kinetics, ther-
modynamics, flow patterns and hydrodynamics. De-
spite the myriad of laboratory studies being released
in the academic and patent literature, there are too few
industrially demonstrated applications of CWO. The
Nippon Shokubai LC Process (Japan) using a mono-
lith reactor with a Pt—Pd/Ti@dZrO, wash-coat, the
Osaka Gas and the Kurita processes are the only three
known industrial applications to date [5].

References in the open literature on scientific ap-
proaches to the design of three-phase reactors for
CWO are to our knowledge non-existent. There are
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only two studies on computer-aided tools for the de- e For downflow fixed-bed reactors, both partial and
sign of non-catalytic wet air oxidation bubble column full wetting of the external surface can occur. For
reactors [6,7]. There is an urgent need to bring new the other three configurations, full external wetting
knowledge and information from the perspective of s fulfilled at all times.

multiphase reactor engineering to gas-liquid—solid

catalytic yvet ox?dation. This is the goal_ of the preser_1t 2 1. Reaction network

contribution which presents an analysis of a catalytic
wet oxidation reaction in the presence of catalyst
deactivation in four types of multiphase reactors:
a trickle-bed reactor, a packed-bubble column, a
three-phase fluidized bed and a slurry-bubble column.

The reaction between phenol and an excess of solu-
ble oxygen proceeds in the presence of a deactivating
solid catalyst. The 7/3 Mn@&CeQ, composite oxide
catalyst considered here undergdesling deactiva-
tion by carbonaceous deposits. Detailed quantitative
and qualitative studies of this reaction [8,9] showed
2. A case study: wet oxidation of aqueous phenol,  that apart from the main reaction where phenol (A)
a model toxic wastewater mineralizes into total inorganic carbon (C), a number

of side and intermediate reactions are also possible.

Time and space dependent models are developed toThe complete multiple deactivation-reaction network
analyze the performance of four common three-phase describing phenol CWO is shown in Fig. 1 in which all
reactors for catalytic liquid-phase oxidation of phenol the intervening species are grouped into four lumps.
aqueous solutions under deactivating conditions. For Chemisorbed phenol (lump A) converts into
the four candidate reactors, i.e. cocurrent downflow chemisorbed aqueous break-down oxidation interme-
trickle-bed reactors, cocurrent upflow packed-bubble diate lump (B) that in turn further degrades into ox-
columns, cocurrent upward gas-liquid fluidized beds, idation end-product lump C (total inorganic carbon).
and slurry-bubble columns with through-flow of the All three lumped species can instantaneously adsorb
catalyst powder, the following general assumptions are or desorb. Concomitant with these steps, a foulant
made in developing the mathematical models: (lump W) is formed by a series of complex polymer-

e The organics are assumed to be non-volatile and the!Zatlon reactions between lumps A and B [10], and

9 . : - irreversibly adsorbs to progressively block the active
reaction is taking place solely in the liquid phase. .
; : sites on the catalyst surface.
e The concentration level of pollutant in the feed L .
. . A Langmuir-Hinshelwood—Hougen-Watson ki-
stream is low, so that the reactors are isothermal.

L : o netic model based on this deactivation-reaction net-
o Wet oxidation reactions are intrinsically not fast and ' ,
. : work has been used to predict the fate of the various
usually carried out in a large excess of oxygen. The

actual concentration of dissolved oxygen is there- carbon lumps as well as the decline of catalyst activity

o . during phenol wet oxidation [8
fore assumed close to equilibrium concentration. gp (8]
o For reactors with fixed catalysts there is mass trans- koK1aCay
fer between the dynamic and static liquid holdups A = 7 @)
. TR 1+ K1Ca¢ + K3Cr¢ + K3Ccy
and intra-particle liquid.
o For the reactors with moving catalysts, there is mass
transfer between the external liquid holdup and the K, k, K
intra-particle liquid. A+ A* = B* B+*
e No correction of effective diffusivity is made to ac-
count for the progressive deactivation by the car-
bonaceous deposit.
e The catalyst is assumed to be internally completely w o K’
wet.
. !nSide Fhe. particle the diffusion of reactants occurs rig. 1. peactivation-reaction network for phenol CWO with the
in the liquid. formation of carbonaceous foulant [8].

C+*
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_ (k2K1Ca¢ — k3K3CB)ex
1+ K1Ca¢ + K3Cp¢ + K5Ccy

()

B

do _ (kaK1Cp¢ + kaK:gCBg)a

Cdr 1+ K1Ca¢ + K3Cre + K5Cce

©)

2.2. Pellet-scale model

Description of the simultaneous transport across,
and consumption within, each catalyst particle re-
quires that time and space mapping of phenol
and B lump concentrations, as well as the activ-
ity loss rate —da/dt be simulated. To accomplish
this task and assuming spherical symmetry, the

pellet-scale mass balance equations to be solvede

are

aC; d aC;
Sp_jz = }’_2— I‘ZD(?ﬁ—jZ
ot or 7o or

—pstj(Cag, Cae, Cee, )

inwhichj = AorB (4)

o _ (k4aK1Ca¢ + kﬁKgCBz)Oé
3t 1+ K1Ca¢ + K3Ca¢ + K5Ccy

(%)

The corresponding boundary and initial conditions for
these equations are the following:

1. whenr =0

9Cj¢
— =0 6
ar ©)
2. no solids mixing (for fluidized bed and slurry-bubble
column reactorp = 1, ne = 1): whenr =rp
aC;
ff 4 d d
-DF .- T hjesnev(Cle = Cjo)
=p
+KShe(1 — 9)(CS, — CFp) 7
3. complete solids mixing (fluidized bed reactors):
whenr = rp
Cj,
—asH DS L = ve(Cjp — Cjele=r1) (8)
or r=rp
4. whent =0
Cje(r,0) = C;-)e; a=1 (9)
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2.3. Reactor-scale models

The three-phase reactor models, in which momen-
tum and mass transfer, chemical kinetics and flow pat-
terns are intertwined, are initial value problems. Their
equations of change for concentration of the different
species are integrated over time, reactor and catalyst
pellet lengths.

2.3.1. Fixed-bed reactors

The model for the cocurrent gas—liquid trickle-bed
and packed-bubble column is comprised of two
unsteady-state mass balance equations written for
each of the aqueous A and B lumps. It accounts for:

the species accumulation, advection and axial dis-

persion in the dynamic liquid;

¢ the species accumulation in the static liquid;

e the liquid—-liquid mass transfer across the dynamic-
static liquid interface;

e the contacting and (dynamic) liquid—solid mass
transfer between pellets and dynamic liquid;

e the contacting and (static) liquid—solid mass transfer
between pellets and static liquid;

e the partial wetting and distinction between static

and dynamic wetting efficiencies.

From a computational standpoint, the piston disper-
sion exchange (PDE) model is used to capture both
transient and space dependence in phenol and B lump
concentrations within each of the dynamic and the
static liquid zones as follows:

acd acd 2¢cd
d_jt jt _ d jt d _ s
&y ot -l-Uza—Z = Dyg, 922 (ka)ui(cjz ng)

—nak§ 1sas(CS, — €% (10)

Sacjs'z d S S S *
gp——— = (ka)g (Cje—Cjp) —nsks 45as(CG = CFp)

ot
11)

2.3.2. Fluidized bed and slurry-bubble column

For the cocurrent gas—liquid upflow fluidized and
slurry-bubble column reactors, static liquid vanishes
(6] = ns = 0; (ka)¢e = 0; ng = 1) and the reactor
model becomes

3Cj¢ ~ 3Cjy 9°C

i
o +WY = D/ZSKTZI —kjesas(Cje—C7y)
(12)

&¢
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In the case of slurry-bubble column, the solids con- solids inlet concentration using the Smith and Ruether
centration longitudinal distribution is described by a [12] empirical correlation: whep = H
sedimentation—dispersion model [11-13]. The mass o
balance of solids as a function of the longitudinal co- Cs = 1.27Cs (19)

ordinate gives ) N )
2.4. Operating conditions and thermodynamics

aCs 0 9Cs d Ugs -
o oz ( Sa_z> a2 (Cs (1—89 B WU")) The characteristics of the porous MgQeQ;, cata-
(13) lyst particles, the design and geometric parameters of
the three-phase reactors, the operating conditions and
The assumption used in deriving Eq. (13) is that the values of the kinetic parameters are indicated in
the gas holdup and the fraction of liquid in the slurry Table 1.
are independent of the vertical position, i.e. particle ~ Water being the overwhelming compound and
density is always much greater than solids concentra- the phenol concentration being relatively small
tion. Average volumetric fraction of the liquid in the (100-2800 ppm), the physical properties specific to
liquid—solid slurry is expressed as a function of aver- water are used for the liquid phase. Moreover, be-

age solids concentration as [12] cause of the moderate severity level of the simu-
- lated oxidation (0.5MPa and 8Q) and dilute wa-

Je=1— Cs (14) ter conditions, it is not necessary to use detailed

Os equations of state for the fluid phases. Fugacity

and activity coefficients as well as compressibil-

2.3.3. Initial and boundary conditions for reactors ity factor for oxygen and water are all assigned

The phenol and B intermediate initial concentra- ynjty values. Raoult's and Henry's laws are as-

tions in dynamic, static or total liquid zones are as in symed to be valid for water and oxygen, respec-
the feed stream: tively.

1. whenr =0
2.5. Hydrodynamic parameters
CY,=C3,=CY forEgs(10)and(1l)  (15)
Fixed bed reactorsFor trickle bed, CWO is run in
Cje=C5, forEq (12 (16)  the trickle flow regime under partial and full wetting
conditions of pellets, whereas for the same operat-

2. whenz =0 ing conditions the packed-bubble column operates

qu in the bubble flow regime with fully wetted pellets.

v C3 = UEC?£|z:O+ — Dyl 8] (17) The external liquid holdupg,, is calculated using
? the extended Holub model [14] for trickle beds, and
whenz = H using the neural network correlation of Bensetiti
p et al. [15] for the packed-bubble column. The static
IC;, 0 (18) liquid holdup, ¢}, is estimated from the Saez and
9z Carbonell [16] correlation. Accordingly, the dynamic

liquid holdup, sg, is obtained by subtracting the
The boundary conditions for the description of the static holdup from the external one. In trickle-bed
solids concentration distribution in a slurry-bubble col- operation, the catalyst wetting efficienays, is ob-
umn have been a point of controversy for several years tained by solving the phenomenological model of
[11-13]. Several authors hold that the solids concen- lliuta et al. [17]. The staticy;s, and dynamic,nyg,
tration at the top of the column is equal to the effluent components of wetting efficiency are obtained from
or feed concentration, while others considered them the Rajashekharam et al. [18] approximation. The
different. In this work, the solids concentration at the liquid-phase axial dispersion coefficient®,, and
top of the slurry-bubble column is correlated to the the mass transfer coefficients between dynamic and
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Table 1
Parameters used in the simulations

F. Larachi et al./Catalysis Today 64 (2001) 309-320

Fixed beds Fluidized beds Slurry-bubble columns
Temperature;C 80 80 80
Total pressure, MPa 0.5 0.5 0.5
Reactor diameter, cm 51 15 15
Bed height, cm 200 200 200
Catalyst particle sizegum 3000 750-1700 200-300
Density of catalyst particle, kg/ffn 1760 1760 1760
Bed porosity, % 36 50-80
Superficial liquid velocity, m/s 0.0015 0.0035-0.01 0.003-0.006
Superficial gas velocity, m/s 0.028 0.028 0.20
Phenol feed concentration, mol/l 0.001-0.03 0.001 0.001
k2, mol/kg min 7.6 7.6 7.6
k5, mol/kg min 53.92 53.92 53.92
kg, min~t 0.08 0.08 0.08
ky, min~t 1.92 1.92 1.92
K1, m¥/mol 0.00124 0.00124 0.00124
Ks, m¥/mol 0.00068 0.00068 0.00068
K%, m*/mol 0.0 0.0 0.0

static liquids, (ka);¢, are taken from Ref. [19] for
trickle beds and Ref. [20] for packed-bubble columns.
The (dynamic) liquid—solid mass transfer coefficient,
kdas, is evaluated as an average from three liter-
ature correlations; Refs. [21-23] for trickle beds,
and Refs. [24-26] for packed-bubble columns. The
(static) liquid—solid mass transfer coefficierfas,

is evaluated using Ref. [27]. The effective diffusion
coeﬁicients,Dfﬁ, are evaluated assuming a tortuosity
factor equal to 3.

Fluidized bed reactorsThe neural network corre-
lations of Larachi et al. [28,29] are used to check for
the onset of fluidization, i.ev; > vyms, and to com-
pute the liquid holdups,, under the chosen oxidation
conditions. The liquid-phase axial dispersion coeffi-
cient, Dy, is obtained from the correlation of Kim and
Kim [30], and the liquid—solid mass transfer coeffi-
cient, kysas, from the correlation of Arters and Fan
[31].

Slurry-bubble column reactorsThe equations of
Smith and Ruether [12] are used to determine the
solids axial dispersion coefficienDs, and the hin-
dered settling velocityy,. The liquid-phase axial dis-
persion coefficientDy, is obtained from the correla-
tion of Kato et al. [11], the gas holdupg, from Ref.
[32], and the liquid—solid mass transfer coefficient,
kesas from Ref. [33].

2.6. Numerical methods

The partial differential equations for the various
reactor models are coupled non-linear equations in-
volving time and space dependencies for each species
at the pellet and the reactor scales simultaneously,
and are subject to non-homogeneous boundary con-
ditions. Solutions of the above models require a pri-
ori knowledge of several hydrodynamic parameters,
mass transfer coefficients, and reaction rate expres-
sions. A computer program, using the GEAR method,
was developed in Fortran 77, to solve for each re-
actor and each species in the corresponding system
of two-dimensional parabolic partial differential equa-
tions. Discretization of the spatial dimension was car-
ried out by the method of orthogonal collocation [34].
The numbers of collocation points specified for the
catalyst pellets and reactors are 5 and 9, respectively.

3. Results and discussion

3.1. Trickle bed vs. packed-bubble column

Computing the value of the ratig; [35], defined
as the ratio of the effective fluxes of both reactants
within the particle, scaled by the ratio of stoichiometric
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Fig. 2. Phenol conversion vs. inlet phenol concentration — fixed

bed reactors/(=5h). Fig. 3. Phenol conversion vs. external wetting efficiency — trickle

bed €3, = 0.006 moJl, + = 5h).

coefficients, leads toy < 1 for the CWO operating
conditions simulated in this study. Hence according to
the Khadilkar et al. [35] taxonomy, the wet air oxida- Computed reactor profiles of the activity function of
tion is likely to be liquid-reactant limited. the MnQ,/CeQ; catalyst in the time range [0-200 h]

Fig. 2 shows typical phenol overall conversions in €xhibited the expected feature of time-declining ac-
cocurrent packed-bubble column and trickle bed for tivity, especially in the first layers of the bed and
different phenol inlet concentrations after 5 h of oper- in the vicinity of the outer shell of the catalyst sur-
ation. The wetting efficiency in trickle bed is ca. 80%, face (p/r > 0.8) as exemplified in Fig. 4 for the
so that the bed does operate with partially wetted pel- trickle-bed operation. The simulation for the upflow
lets. Although under the same tested conditions liquid Mmode, not shown here, follows the same qualita-
back-mixing is more prominent in the packed-bubble tive trend. The autonomy for both reactor config-
column than in the trickle bed, the former outperforms urations would be ca. 10 days before the catalyst
the latter, regardless of the feed phenol concentration. Pecomes severely “coked”, after which spent catalyst
Since phenol CWO is liquid-reactant limited, an up- burn-off and regeneration become important issues
flow reactor is preferred as it provides for complete for long-term exploitation of the catalyst [37]. It is
catalyst wetting, and consequently for the fastest trans- instructive to learn from these predictions that most
port of liquid reactant to the catalyst. Higher pressure ©f the deactivating carbonaceous material builds up
and temperature levels further improve the solubility Preferentially within a thin peripheral shell, which,
of oxygen [36] and thus its transfer flux to the pel- as time progresses hampers accessibility for the re-
lets. Consequently, the-ratio will diminish further actants to the active sites located deep in the catalyst
under those conditions making upflow operation even COre.
more propitious for conducting CWO than a down-
flow operation. This point may be decisive in the se- 3.2. Fluidized bed and slurry-bubble column
lection, design and scale-up of the three-phase reactor
type for hosting the wet oxidation reaction. As cata-  For gas-liquid—solid fluidized-bed reactors, the par-
lyst wetting improves, by increasing, e.g. the gas su- ticle size directly affects their hydrodynamic behav-
perficial velocity, the difference in the performances ior, and reflects in their phase holdups, solids mixing
by the two modes of reactor operation decreases aspattern (no solids mixing or complete solid mixing),
shown in Fig. 3 since the trickle-bed pellets become mass transfer and chemical reaction rates. Compared
progressively entirely wetted. with the previous cocurrent packed beds, three-phase
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Fig. 4. Variation of the deactivation function with time and (a)
dimensionless axial distance foyrp = 0.934 or (b) with pellet
radial distance for/H = 0.5 — trickle bed €3, = 0.006 mo}/I).

fluidized beds produce very high back-mixing, espe-
cially in the liquid. They are interesting substitutes par-
ticularly for adiabatic operation and wastewaters with
very high organic loadings. Especially during reactor

start-up, shut-down or when sudden changes occur in 94

running conditions, temperature control of the reactor
becomes key to prevent the risks of ignition or reactor
run-away.

Fig. 5 illustrates the variation with particle diame-

ter of the effectiveness factor and phenol conversion.
The simulation, a snapshot at 5h, is obtained assum-
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Fig. 5. Variation of the effectiveness factor and phenol conversion
vs. particle diameter — fluidized-bed react@ig( = 0.006 mo}/I,
vy = 0.005nys, ¢t =5h).

ing no-solids-mixing pattern for the catalyst (bound-
ary condition given by Eg. (7)). Due to the severe
intra-particle mass transfer resistance, the larger the
particles, the lower the conversion and the effective-
ness factor.

Increasing the liquid superficial velocity lowers
the phenol conversion (Fig. 6), presumably because

1
X
09 complete solids mixing
0.7 F
0.6 |
05
. o v ()
0 0.004 0.008 0.012

Fig. 6. Phenol conversion vs. superficial liquid velocity in the
fluidized bed reactor@3, = 0.006 mo}l, dp = 1mm, t = 5h,
CSTR:n = 0.116, plug flow:n = 0.128).
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Fig. 7. Variation of the deactivation function with time and
(a) dimensionless axial distance foyrp, = 0.934 or (b) with
pellet radial distance foz/H = 0.5 — fluidized-bed reactor
(CR, = 0.006 moJI, dp = 1 mm, v, = 0.005nYs).

of a decrease in solids hold-up (thus in overall reac-
tion rate also) and an increase of liquid back-mixing
due to the high liquid and gas superficial veloc-
ities [38]. The increased throughput of phenol is
another major reason for the drop of the conversion
with increasing liquid velocity. Similar deteriora-

tion in pollution abatement efficiency, due to an
adverse effect of liquid back-mixing, has been also
pointed out by Debellefontaine et al. [6] who simu-
lated the dynamics of non-catalytic wet air oxidation
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Fig. 8. Influence of solids feed concentration on (a) average
solids concentration and (b) phenol conversion in the slurry-bubble
column (2, = 0.006moyl, r = 5h; (1) dp = 0.2mm, (2)

dp = 0.25mm, (3)dp = 0.3mm).

for domestic and industrial wastewaters in bubble
columns.

Adverse effects of liquid back-mixing on phenol
conversion are more dramatic if the catalyst particles
evolve in no-solids-mixing pattern rather than exhibit-
ing a complete-solids-mixing pattern (Fig. 6). The dif-
ference in reactor performance for these two limit-
ing patterns becomes more serious with increasing
liquid superficial velocity, a complete-solids-mixing
flow pattern appearing more advantageous the higher
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Fig. 9. Variation of the deactivation function with time and
(a) dimensionless axial distance fefrp = 0.2975 or (b) with
pellet radial distance forz/H 0.5 — slurry-bubble col-
umn (R, = 0.006moll, dy = 0.25mm, v, = 0.003 nys,
C2 = 140kgm?3).

the liquid throughputs. It is in the bed-bottom region
where the reactant-rich pellets contribute most to the
conversion, whereas in the upper bed, the catalyst par-
ticles are exposed to a liquid with lower phenol con-
centration. The complete-solids-mixing pattern pro-
motes more frequent intrusions of the pellets in the
entrance region which explains the improvements in
phenol overall conversion, especially at high liquid su-
perficial velocity.
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The computed activity profiles along the reactor lon-
gitudinal direction in the time range (0—200 h) exhib-
ited the same qualitative features as in the case of the
fixed-bed reactors, see Fig. 7a and b. Here too, espe-
cially the outer shell of the catalyst surfacg /[ >
0.78) is most sensitive to deactivation.

Fig. 8a and b shows, respectively, the evolution
of average solids concentration and phenol overall
conversion in the slurry as a function of the cat-
alyst powder size and feed concentration. Phenol
conversion increases both with increasing catalyst
size and with increasing feed solids concentration.
Apparently the increased liquid—solid contacting
area with the increased powder size largely offsets
the corresponding reduction in effectiveness factor
with increasing sizesn(= 0.376 fordp = 0.3mm;

n = 0.45 for dp 0.25mm andn = 0.549 for

dy = 0.2mm), see Fig. 8b. The activity decline
along the reactor stream-wise coordinate and across
the catalyst particles is illustrated in Fig. 9a and b
which shows virtually quasi-death of the catalyst af-
ter 110h of operation. Due to its smaller size, the
activity loss affects the whole bulk of the catalyst
particle.

Comparison of the overall phenol conversion in flu-
idized bed and slurry-bubble column having the same
diameter and height and subject to the same waste-

0.9

X
~L

v, (s)

0.003 0.004 0.005 0.006

Fig. 10. Phenol conversion vs.vy (vg 0.2m/s,
CR, = 0.006moll, dy = 1mm fluidized bed;d, = 0.25mm
slurry, ¢ = 5h). Fluidized bed reactor (curve 1); slurry-bubble col-

umn: curve 2 forcQ = 110kg/m3; curve 3 forC? = 140 kg/m?.
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water effluent indicates that for the simulation condi- in packed-bubble columns rather than trickle beds,
tions of Table 1, three-phase fluidization is a better op- and that slurry-bubble columns are most vulnerable to
tion than slurry-bubble columns (Fig. 10). The higher “coke” deactivation.

solids holdup in the former could be a valid explana-
tion of this observation as confirmed by the closeness
of performances of the fluidized bed and the slurry re-
actor with the higher catalyst concentration in the feed
(curve 3 in Fig. 10).
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